A mathematical model for the description of the non-steady state process of decoking of a fixed bed catalytic reactor is presented. The relevant dimensionless groups are identified and their influence on the process discussed. Appropriate relationships are given for the estimation of the maximum temperature in the bed. Methods of monitoring the process and of controlling it in the case of unknown or variable coke contents are explained.
Introduction
In catalytic hydrocarbon conversion processes, coke is generally deposited on the catalyst, thereby impairing its activity. Therefore, the catalyst must be periodically regenerated. This is effected by shutting the reactor down, removing the reaction mixture by purging with an inert gas and, if necessary, partly cooling down the catalyst bed and then passing an oxygenic gas through the reactor in order to bum off the coke. A non-steadystate, exothermic process occurs in the fixed bed reactor: a reaction zone migrates through the bed, the heat generated being transported by the gas and temporarily retained by the catalyst. In order to prevent deterioration of the catalyst, it is of the utmost importance that the temperature in the bed should not exceed a certain maximum permissible level.
Control of the regeneration is only possible if the highest temperature is recorded throughout the process; a scheme is presented for the positioning of thermocouples in such a way that this requirement is met. The scheme is based on relationships which describe the temperature profiles in the reactor and which are derived from the mathematical model of the regeneration process.
Previous studies, surveyed in [8] , differ mainly in the treatment of the reaction kinetics and heat transfer. In the earliest publications [ l , 21, a constant reaction rate was assumed during the process. Later, more realistic models were based on the diffusion of oxygen within the catalyst pellet [4, 6, 71 or on an Arrhenius type exponential function of temperature [ 5 ] ; in a recent article, the reaction is assumed to be controlled by mass transfer of oxygen from the gas to the catalyst surface [9] . With regard to heat transfer, some workers [ l , 2 , 4, 71 assume its rate to be infinite so that there is no difference in temperature between the gas and the catalyst bed. The heat transfer rate, however, is related to mass transfer rate by the Chilton-Colbum analogy or by the Lewis number; consequently, an infinite heat transfer rate would entail an infinite mass transfer rate. Thus, a more realistic approach would take both heat and mass transfer resistance into account.
Mathematical Model and its Solution
In the present study, the reaction rate is assumed to be controlled by mass transfer which implies a finite heat transfer rate. Further assumptions are in accordance with those made by previous workers:
-the reactor is adiabatic, -the flow of the gas is plug flow; density variations are -axial mass and heat dispersion is neglected, -carbon deposits are completely burnt to COZ.
negligible
The assumption of mass transfer control for the burn-off rate leads to the highest rates which are possible. Reaction kinetics and pore diffusion can reduce only the rate of decoking and heat evolution, so that, if the reactor is operated according to the requirements based on this assumption, the maximum permissible temperature would not be exceeded. In addition, the assumption of a complete combustion to CO, leads to the maximum possible heat evolution: the heat effect of partial combustion to CO is smaller and that of the combustion of chemically bound H is of the same order of magnitude as that of the complete combustion to CO,.
With these assumptions, the following balance equations are obtained:
-the oxygen (0,) mass balance:') -the coke (C) mass balance:
-the gas heat balance: 1) List of symbols at the end of the paper. . The significance of these groups is as follows:
where Tis the gas temperature and Ti that of the catalyst pellets, which are assumed to be isothermal.
The equations can be made dimensionless by introducing c 0 2
The resulting equations are axo2 axo2
aT az
The boundary conditions are
-A is the total number of mass transfer units in the reactor, while the height of a mass transfer unit is given by -B is the ratio of molar oxygen concentration in the feed gas to coke deposit originally present per unit reactor volume. -C is the ratio of heat to mass transfer per unit driving force and per unit particle surface area. On the basis of the Chilton-Colburn analogy C = (Sc/Pr) -0.67 = Leand therefore approximately equal to unity [ 101.
-D is the ratio of gas to catalyst heat capacities per unit reactor volume. -E is the dimensionless adiabatic increase in temperature of the solid phase.
Many other dimensionless groups can also be formulated. Thus, e.g. AC is the total number of heat transfer units in the reactor and EBID the dimensionless adiabatic increase in temperature of the gas phase.
The differential equations are conveniently solved by the wellknown method of characteristics [3] on introducing new independent variables:
The mass balances, which are independent of temperature, can be solved separately from the heat balances. With Eq. (15), they become
ax,
Integration and substitution of the original independent variables yield:
(1 1)
ip e = / j . = 1
This means that, after shutdown, the reactor is cooled to x~ = l W A (T--exp(-A 3 for 2 z i < (17)
temperature To and decoking is started at t = 0, with a regeneration gas containing c,,, kmo~ of oxygen per m3.
Eqs (6) through (9) contain five dimensionless groups, i,e.:
The heat balances can also be solved analytically. However, the resulting equations are rather complicated [9] : therefore, a numerical solution is preferred.
, (14) Reintroducing the variables 4 and $, these balances are written 
for $ = 0 and q5 2 0. The simultaneous partial differential equations can now be solv-
files shown in Fig. 2 will be discussed later in the text.
Depending on the choice of parameter values, an infinite number of profiles can be obtained. However, this is not Sufficient for a real understanding of the process of air decoking; to that end, the real dimensionless groups which actually govern the process must be identified and also the way in which they influence the relevant phenomena. An attempt at this identification is made in the following section.
An expression for u,, can be derived by assuming that the reaction front moves Over a distance & in the time interval At. During this interval, Coz0u SAt moles of oxygen are fed to the reactor; this oxygen is used to burn off the coke in the volume element between coke profiles at times t and t + At, see Unless stated otherwise, the basic data as given in Table 1 have been used for all the following calculations. They refer to the decoking of a catalyst bed, 8 m long, with a uniform coke deposit of 3.4 mass-%, by a gas containing 1 v01.-% of oxygen. The initial temperature of the bed is 400 "C and the interstitial gas velocity 2.5 m/s, so that the gas residence time in the bed is 3.2 s. The adiabatic increase in temperature, based on the
In dimensionless form solids phase, is 1060 "C. 1
Velocity of the Reaction Front
At the inlet cross-section of the reactor, Co2 = C020 for all z, , = ~ (7 -7 0 ) t >0: this means that the coke mass balance can be integrated for Z = 0. It follows from this integration that the time needed to remove all the coke in the inlet cross-section is front" moves through the reactor with a velocity u,; if its position is given by zrf, or, since << (esCco)l(kGa,Co,,). After this induction period to, a "reaction Zrf = B(7-70) . Some profiles are shown in Fig. 2 . The dimensionless groups were computed from the values of the physical constants given in Table 1 . These profiles indicate that there is an expanding zone in the reactor where reaction heat accumulates. After an initial period, gas and catalyst temperatures remain constant and virtually the same in the larger part of the accumulation zone. i.e. the excess temperature Oi -1, is relatively moderate, in the present example 160 "C but, in Figs 2b and 2c, it becomes excessive, namely 1825 and 4500 "C, respectively. It is evident that in the last two cases the temperature rises would be so extreme that the catalyst mass and the reactor would be destroyed. Therefore, the temperature control during decoking is extremely important. The burn-off of the coke in the inlet cross-section for the test case of Table 1 takes 122 s. The reaction front moves at a velocity of 0.076 mm/s and the burn-off takes 29 h 20 min.
Length of the Reaction Zone
The coke profile in the catalyst bed follows from Eq. (17). Defining the reaction zone as the bed length from the location where all the coke has just been burnt off, or Z = Z,, to that where just the first percent of coke has been burnt off, here X, = 0.01 or 2-Zrf = 4.6/A, the length of the reaction zone is given by L,, = 4.6L/A.
In the present example, the length of the reaction zone is 43 mm or equivalent to 9 catalyst particles. This value can also be obtained by the method outlined in [lo] . It should be realized that the reaction zone is extremely short and, for this reason, very difficult to detect during decoking of a catalyst bed.
Velocity of the Heat Wave through the Bed
The accumulation zone is bounded on one side by the reaction front at z , and on the other side by a "heat front" at Zhf.
Whereas, in Figs 2a and 2b, Z,, < Zhf, in Fig. 2c , zhf < Z,.
Heat is transported through the bed by the gas; therefore, if the heat front moves over the distance Az in time At, in analogy to the derivation of the reaction front velocity, (Cpe)
The first term in the denominator is very small in comparison to the second term, so that in dimensionless form:
For the profiles in Figs 2a and 2b , the value of B is lower than cumulation zone occurs because the heat front migrates faster than the reaction front: the heat transported by the gas is given up to the catalyst at the heat front. ed, the temperatures reached in Figs 2b and 2c are so high that the catalyst will be definitely damaged, and that only conditions such as those of Fig. 2a are acceptable for decoking.
For the case of Table I , a plateau temperature of 560 "C was obtained.
Now, the significance of the dimensionless group D has also become clear, i.e. D represents the dimensionless velocity of the heat front through the bed:
The difference between the plateau temperature Ti,p and the initial bed temperature T, is equal to the adiabatic temperature in-" -crease of the solid phase ATads = To E, divided by (DIB) -1. For a low coke deposit, of say mass-%, the adiabatic temperature increase already approaches 300 oc. This implies that, in practice, the temperature increase of the bed must be For the basic data in Table 1 , the velocity of the heat front is 575 x mis, which means that it takes 3 h 52 min to reach the outlet of the catalyst bed.
Temperature Plateau in the Catalyst Bed
kept below ATads, in order to protect the catalyst; this can be achieved in the case DIB = C,-,(e cp)G1C020 C,, > 2. In the test case of Table 1 , DIB = 7.6. Fig' 2a for moderate temperatures' a temperature plateau Oi,p develops. An expression, which correlates Oi,p to the process conditions, can be derived as follows.
As demonstrated in

following balance equation is valid:
It is seen that the temperature increase of the catalyst bed can be even much higher than ATads, when DIB < 2. In this case, the reaction front moves too fast in relation to the heat front and bed which is too shallow.
As long as the heat generated remains in the bed, the all the heat evolved has to be temporarily stored in a part of the since 0 = Oi and D << 1,
Assuming that the two shaded areas in Fig. 3 are equal,
Over-or Underheating of the Reaction Zone
A consequence of the values of the physical constants as given in Table 1 is that C = 1.00. In order to study the influence of C, the ratio of heat to mass transfer, profiles were computed for values of C in the range from 0.7 to 1.2 by adapting the value of the heat transfer coefficient. Fig. 4 gives some representative results. From these, it may be concluded that the profiles depend on C solely in the reaction zone whose length is only about 10 to 20 particle diameters [lo] . If C < 1, the catalyst temperature passes through a peak at the reaction front because the heat transfer is slower than the mass transfer; the height of the peak depends on their ratio. On the other hand, if C > 1 or if the heat transfer is faster than the mass transfer, the catalyst temperature at the reaction front lags behind to attain its maximum value only downstream from this front.
Like Oi,p, Oi,,f, the catalyst temperature at the front, also becomes independent of time after the initial period. This period is the longer, the higher the oxygen content of the gas. As shown in the appendix, the following expression can be derived for 1 9~, ,~ from the heat balances:
It is shown in the appendix that the temperature of the reaction front is higher than the plateau temperature in case C < I .
C can be estimated in the usual mixtures of gas and inert diluent for decoking. If steam is used as the inert diluent for air, at 300 K , C = 0.89 and, at 700 K, it is = 0.80 and, when nitrogen is used, C = 0.98 at 300 K and around 0.84 at 700 K. For the present test case, this leads to a maximum temperature in the reaction zone of Ti,,f = 850 K for C = 0.9
and of 869 K for C = 0.8 or the maximum overheating in the reaction zone amounts to 17 and 36 "C for the two cases.
The above leads to the conclusion that 19i,max, the maximum temperature of the catalyst bed during regeneration, is given by i f C z 1 , 
Temperature Control
Thermocouples are installed along the reactor in order to control its temperature during regeneration. It is imperative that at least one thermocouple should be in the accumulation zone throughout the process. Since this zone is bounded by the reaction and heat fronts, the positions zl, z2 . . . of the thermocouples are determined by the construction shown in Fig. 6 . In Fig. 6 , the locations of the fronts are given at a certain time 7. For moderate temperature increases, DIB is much larger than unity 0 -z 1 Fig. 6 . Positioning of thermocouples.
so that a relatively small number of thermocouples, above all near the inlet, must be installed. This implies that the values of B and D have to be estimated in the design phase. It can be seen from their definitions, Eq. (14), that D depends only on physical constants, in contrast to B , which also depends on the ratio of the oxygen concentration CO2, of the gas to the coke content C,, of the catalyst. It is apparent from Fig. 6 that at higher values of B, the thermocouples should be spaced at smaller intervals. Therefore, for a safe design, the smallest coke content still expected to require regeneration of the catalyst, as preferably determined in the development laboratory, should be adopted for Cco; for Co2, the highest oxygen concentration for which the estimate of OiPmax to be obtained with Eq. (26) does not exceed the maximum permissible catalyst temperature.
Actual operation of a regeneration process should start with the oxygen concentration on which the design is based. If the coke content of the bed exceeds the design value, the bed temperature read from a thermocouple will be lower than the permitted temperature and the oxygen partial pressure can be increased accordingly to speed up the process. However, it should be borne in mind that if the Lewis number is larger than 1, the temperature indicated by the thermocouples is not the maximum temperature Oi,,f, but only Oi,p, unless the reaction front passes through the location of one of the thermocouples. The Lewis number depends on the composition of the regeneration gas to be used and has to be determined beforehand. Furthermore, as can be seen from Fig. 3 , in the location of the heat front, the plateau temperature has not yet been reached; hence, this also requires a slightly more dense thermocouple pattern. For the test case, the thermocouples have to be inserted in the inlet cross-section and at distances of 0.07, 0.53 and 4.01 m from the inlet and also in the outlet of the reactor. In the extreme case of a very low coke content, with e.g. B = 115 x and when DIB = 2, the thermocouples would have to be located in the inlet cross-section and at distances of 0.02, 0.06, 0.13, 0.28, 0.57, 1.16, 2.33 and 4.67 m from the inlet.
The carbon content in the bed is often unknown. It is also possible for the carbon content to change along the bed, e.g. to decrease in the direction of the flow. In this case, E , DIB and B are unknown. It is clear from Eq. (24) that a reduction in the coke content increaes the plateau temperature in the bed. In such situations, the process is started with a low oxygen content in the gaseous feed which is gradually and carefully increased according to the bed temperature. By measuring the time required for the passage of the reaction front between two thermocouples, the coke content in the bed between these two thermocouples can be determined even empirically. A decrease in the coke content must be compensated for by a decrease of the oxygen content in the feed gas, thus maintaining Ti,max below the maximum permitted catalyst temperature. Additional thermocouples have to be inserted into the bed if the coke content gradually decreases in the axial direction.
Conclusions
The process of decoking has been described and explained. The process is governed by five dimensionless groups:
kGap (1 -E)L/u is the total number of mass transfer units in the bed. It mainly determines the length of the reaction zone which is usually very short. AH Cco/Cp~To is the dimensionless adiabatic increase in temperature of the solid phase. Coz0 E/CCoes (1 -E ) is the dimensionless velocity of the reaction front. (eCp)GEI(eCp)S( 1 -E ) is the dimensionless velocity of the heat front. aIkG(eC ) determines the overheating or underheating of the reaction zone with respect to the plateau temperature.
P G
Many other dimensionless groups can be formed but none of them has a direct bearing on only one single aspect of the decoking process.
In practice, the air decoking process is often conducted too slowly, for fear of overheating the catalyst. The described analysis provides a tool for monitoring the process and determining experimentally how to perform the decoking rapidly but safely. D-B) ). The behaviour of Oi is now given by: Here, the parameter C does not play such a significant role as in the previous case. Only the special value C = -l/X = B(B-D) will change the mathematical form of the solution (A2), but this does not affect the characteristic temperature behaviour.
Symbols used
3) For the sake of completeness, it should be observed that the case X = 0 ( D = B) is not suited to this treatment, because the continuous ac- The new model discrimination method is based on the correlation coefficient test of experimental data sets for different reactions, without requiring a prior parameter estimation. The new parameter estimation method reduces by n the number of dimensions to be tested, compared to the classical method where n is the number of independent reactions in the system. This has reduced the computation time for most complex reactions to a level, comparable to that needed for single reactions. The example used is the kinetic study of methanol synthesis in which the formation rates of methanol, methane, ethanol and ethane are considered. Two adequately accurate models were obtained from an extensive range of plausible models by using the new model discrimination and parameter estimation methods with a relatively small computation effort. two reasons. One is that the number of plausible models is very large, since the combination of different plausible rate equations for different reactions generates a large number of rate equation sets. For example, if four reactions are involved in a system, and for each product there are 10 possible rate equations depending on possible reaction paths and rate determining steps, the total number of plausible rate equation sets is as large as 10 OOO. The other reason is that the parameter estimation by the classical method [l] is often difficult and time comsuming, especially when the number of independent reactions, n, is large. This is often the case in petrochemical processes such as catalytic cracking, catalytic reforming, hydrocracking, desulphurization etc., in which reactants and products are numerous. If, for example, there are 30 independent reactions whose rates are fairly fast, 30 rate constants together with adsorption constants and rate constants of non-key reactions (if there are two or more paths linking any reactant with a product) have to be estimated. The minimization of the objective function, Eq. (l), has to be carried out by iterative search in a 30 plus dimensional space. This not only makes the parameter estimation extremely time consuming, but also renders the parameter estimates less reliable, since it is possible that there is more than one point at which all the partial derivatives are equal to or approaching zero. Since the 1) List of symbols at the end of the paper. classical method of model discrimination is implemented by re-
